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Auto-thermal reforming (ATR) is one of the key technologies to produce hydrogen from
natural gas. Applying an H2 membrane to an ATR reactor can simplify the process for
pure hydrogen production, and in the meantime can promote methane conversion into
hydrogen. Although it is a promising approach and has a great potential application in
the future, it is still in an early stage of development. The objective of this work is to
systematically study the factors affecting the pure hydrogen production and the thermo-
dynamic efficiency of the integrated process containing an H2-membrane ATR reactor.
The study has been accomplished by the simulation of the H2-membrane ATR reactor and
the thermodynamic analysis of the process. The simulation work is based on the kinetics
of the reactions and the mechanisms of membrane permeation. The effects of factors
including the flowing mode of sweeping gas, the rate of sweeping gas, the inlet rate of
CH4, and the inlet ratio of CH4 to H2O, on the production rate of separated H2, on the
driving force of hydrogen permeation, and on the thermodynamic efficiency of the
integrated process have been explored. The results will have a significant contribution to
the design of an H2-membrane ATR reactor and an integrated process for pure hydrogen
production.© 2006 American Institute of Chemical Engineers AIChE J, 52: 2260–2270, 2006
Keywords: reactor simulation, H2-membrane reactor, thermodynamic efficiency, auto-
thermal reforming

Introduction

Hydrogen is generally regarded as an important future en-
ergy carrier with a fuel cell as its converter. Although H2 can
be produced from a wide variety of resources using a range of
different technologies, natural gas is generally preferred and
will remain in the near future the major feedstock for the
manufacture of H2.1, 2 Auto-thermal reforming (ATR) is one of
the key technologies for hydrogen production from natural
gas.3,4 With air, methane, and steam as the feed, in an auto-

thermal reformer, part of the methane is oxidized to provide
heat, and the other part of methane is reformed to produce
syngas on an Ni catalyst.5 The produced synthesis gas is a
mixture of H2, CO, CO2, steam, N2(from the air), and uncon-
verted CH4. Because CO can damage a polymer electrolyte
membrane fuel cell, generally, two water-gas-shift reactors and
a selective oxidization reactor are employed in order to control
the concentration of CO.6 For the synthesis gas, the fuel cell
does not convert some 25% of H2 that is fed into it.7,8 If H2 is
separated from the synthesis gas, the problems can be avoided.
One of the solutions is the use of an H2-membrane reactor,
which can combine a separator and a reactor in one process
step. Recently, many investigators have studied different types
of reactors applied with H2 membrane to produce hydrogen,
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and they have found that the thermodynamic equilibrium lim-
itation associated with reversibility of the reactions can be
“broken” using an H2 permeable membrane.9-11

In this work, an H2-membrane ATR reactor was studied,
which consists of 100 membrane tubes. The schematic of the
configuration of a membrane tube and the conceptual layout of
multiple reactor tubes are shown in Figures 1a and 1b, respec-
tively. In an H2-membrane tube, methane, water, and air are fed
into the shell side as reactants, and in the non-reaction side,
steam is flowed in as the sweeping gas to promote the perme-
ation of H2 through the H2-permeable membrane. The sweep-
ing gas can flow through the H2-membrane ATR reactor either
in a co-current mode or in a counter-current mode.

The integrated process around the H2-membrane ATR reactor
is shown in Figure 2, which consists of an H2-membrane ATR
reactor, a heat exchanger, a catalytic burner, and compressors as
the main units. Through the heat exchanger, the heat carried by the
stream of H2 and water from the reactor is recovered to generate
steam as the sweeping gas. Through the catalytic burner, the heat
of the stream of rejected gas from the reactor is recovered to heat
up the reactants and to generate steam as the sweeping gas. If
more heat is required, extra CH4 is needed. The aim of this work
is to systematically study the factors affecting pure hydrogen
production, the driving force of hydrogen permeation, and the
thermodynamic efficiency of the integrated process through rig-
orous simulation based on the kinetics of the reactions and the
mechanisms of membrane permeation.

Simulation
H2-membrane auto-thermal reforming (ATR) reactor

For the simulation of an H2-membrane ATR reactor pro-
vided with Ni-Al2O3 catalyst, a one-dimensional steady-state
heterogeneous model is adopted. Plug flow at both sides of the
membrane has been assumed. The influence of intra-particle

concentration gradients within the catalyst pellet is taken into
account by solving the solid phase continuity equation at each
increment along the adiabatic fixed bed reactor’s axial coordi-
nate. The gas-phase continuity, energy, and solid continuity
equations in the reaction side, as well as the continuity and
energy equations in the non-reaction side, are presented in
Table 1, in which the corresponding inlet and boundary con-
ditions are also listed. The energy equations in Table 1 take
into account the heat of reaction, the heat exchanged between
the non-reaction zone and the reaction zone, and the heat
carried by the diffusion of hydrogen. Since the pressure drop
has been shown negligible,10,12 the pressure drop along the
reactor’s axial coordinator is not considered.

The simulation of an H2-membrane ATR reactor is based on
the kinetics of the methane combustion reaction, the kinetics of
steam reforming to CO and CO2, and the kinetics of the
water-gas shift reaction.13,14 The influence of carbon deposition
and that of the cracking of methane on the catalyst activity
were neglected. The rate equations, as well as the kinetic
parameters applied in the calculations of the reaction rate, are
summarized in Tables 2, 3, and 4. In the reaction side, the
subscript i represents gas species, that is, CH4, H2O, CO, H2,
CO2, O2, and N2. In the solid-phase continuity equation, the
effective diffusivity of component i is related to the molecular
and Knudsen diffusivities. The effective diffusivities are cal-
culated according to the method in the literature15. The physical
chemical properties Cpi,16 equilibrium constants,17 and diffu-
sivities18 are considered to be a function of temperature. For a
multi-component mixture, molecular diffusion is generally de-
scribed by the Stephan-Maxwell approach. However, minor
differences in calculated concentration profiles were observed
between the Stephan-Maxwell approach and the binary diffu-
sion approach.5 Due to the small differences in diffusion coef-
ficient of the different products and reactants, in this work, the
diffusion in the catalyst particle is described by Fick’s law.

The permeability of hydrogen through the H2-permeable
membrane is calculated according to Eq. 1:

NH2 �

Pmexp��
EA

RT��
�H2

��pH2

high � �pH2

low� (1)

The apparent activation energy EA and pre-exponential factor
Pm of the membrane are 29.73 kJ/mol and 7.71 � 10�4 mol
m/(s m2 bar0.5), respectively.10

The characteristic parameters used for describing the H2-
membrane ATR reactor are listed in Table 5. The H2 membrane
is applied from 0.2 meters away from the inlet of the reactor
because the temperature at the beginning of the reactor is too
high and not suitable for the operation of an H2 membrane.

The H2 membrane consists of two layers (see Figure 3), a
support layer with large pores and a dense membrane layer.
The thickness of the support layer (�sp) is assumed to be
0.005m. To simulate as closely as possible by means of the
one-dimensional models, the cross-sectional averaged temper-
atures of the reaction region and the non-reaction region are
calculated by using an averaged thermal conductivity km, with
which the effect of heat transfer through the packed bed has
been taken into consideration. The averaged thermal conduc-
tivity km is calculated with Eq. 2:

Figure 1. (a) H2-membrane ATR reactor; (b) the layout of
multiple membrane tubes.
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km
�

1

kSP
�

r3 � r2

�SPks
(2)

where r3 � r2 represents the “thickness” of the catalyst bed. ksp

and �sp are the thermal conductivity and thickness of the
support layer, respectively. The thermal conductivity ks of the
porous catalyst Ni-Al2O3 is about 0.3J/(m s K).19 Since the
thermal conductivity of the support layer, such as ceramic
Al2O3, is about 8 J/(m s K) at around 1000K 20, which is much
larger than that of the catalyst bed, the heat transfer resistance
mainly comes from the packed bed. According to the data
mentioned above, the averaged thermal conductivity km is
about 0.15J/(m s K).

The solid-phase continuity equation in Table 1 is solved by
difference methods. The number of collocation points defined
depends on the effect on the final calculation results. Normally,
10 collocation points are defined. The resulting difference
equations are solved at each increment of the reactor’s axial
coordinate. In each reactor increment, the intra-particle con-
centration gradients of the previous step are used as the initial
value of the next step to solve the solid-phase continuity
equations; thus, rapid convergence is obtained. The effective-
ness factors and the molar fractions of different species as a
function of the reactor’s axial coordinate are shown in Figures
4a and 4b. As shown in Figure 4a, the effectiveness factors
change slightly along the reactor’s axial coordinate. Figure 4b
shows the axial profiles of the molar fraction of the different
species in the H2-membrane ATR reactor. Because of the
continuous removal of H2 from the reaction zone, the reform-
ing and water-gas-shift reactions are driven towards more H2

formation; thus, the molar fraction of CO2 is much higher than
CO at the end of the reactor.

Compressor

The electric power used in the compressor is calculated by
Eq. 3,21 assuming compressor exergy efficiency �cp of 50%.

Wcp �
FtRT0

�cp
ln

Pin

P0
(3)

Catalytic burner

A catalytic burner is used to heat the reactants and part of the
sweeping gas to the inlet temperature. The remaining H2, CO,
CO2, N2, H2O, and CH4 in the rejected gas of the membrane
reactor are introduced into the furnace. If the remaining H2,
CO, and CH4 in the rejected gas of the H2-membrane ATR
reactor are not enough to provide the heat required, extra CH4

is introduced into the furnace in order to satisfy the heating
requirement. The temperature of the after-combustion gas mix-
ture leaving the furnace is set to be 353K. The amount of extra
CH4 input into the furnace FExtra CH4

is calculated by Eq. 4:

FExtra CH4 � ��Hheating

�Burner
� �H�Tfg

T0 � �H�T0

353 � �
l

3

Fl�Hl
com�/�HCH4

com

(4)

in which �Hheating is the heat required for heating the reactants
and part of the steam (as sweeping gas) up to the inlet temper-
ature Tin (800 K) of the ATR reactor. �Burner represents the
efficiency of the catalytic burner. Fl and �Hl

com represent molar
flow rate and the combustion heat at T0 of component l,
respectively. Subscript l represents the remaining CH4, CO,
and H2 in the rejected gas. �H�T0

353K is the heat required by all
the after combustion species (CO2, H2O, and N2) to elevate the
temperature from T0 to 353K (the outlet temperature of the
catalytic burner). �H�Tfg

T0 is the heat that is released by cooling
the rejected gas from Tfg (the outlet temperature of rejected gas
from the H2-membrane ATR reactor) to T0. In this work, 20%
of heat loss in the furnace and heat exchangers is assumed.

Process efficiency

The product of the integrated process shown in Figure 2 is
pure H2. The thermodynamic efficiency �Ex is an important
parameter for a process.22,23 In this work, it is defined as the
exergy of the separated H2 over the total exergy input, as
shown in Eq. 5:

Figure 2. Integrated process with an H2-membrane ATR reactor of constrained geometry for pure H2 production.
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�Ex �
ExH2

S

Exinput1 � Exinput2 � WCP
(5)

Exinput1 represents the exergy of the reactants and the sweeping
gas at T0 and P0. The exergy of extra CH4 input into the furnace
is represented by Exinput2.

Simulation Results
Effect of flowing modes of sweeping gas

For the H2-membrane ATR reactor, the sweeping gas of
steam can be introduced into the permeate side of the reactor

either in a counter-current mode or in a co-current mode. The
simulation of the H2-membrane reactor with a co-current mode
has been described above. The H2-membrane reactor with a
counter-current mode can also be simulated by a step-wise
numerical procedure. It begins with a fixed production rate of
separated H2 for a hypothetical flowing rate of sweeping gas at
z � 0 on the permeate side. An outlet temperature of separated
H2 has to be assumed. The convergence (the molar rate of
separated H2 is zero at the end of the reactor) is achieved by
repeating the calculation.

As described in Eq. 1, the permeability of an H2 membrane
increases with the working temperature of the membrane and
the difference in the square root of partial pressure of the
hydrogen across the membrane, �pH2

high � �pH2

low. Figure 5
shows the temperature profiles of the reaction side and the
permeate side, when the sweeping gas flows at the same inlet
rate in a co-current mode and in a counter-current mode,
respectively. The average temperature in a counter-current
mode is a bit lower than that in a co-current mode from z 0.2
until the end of the reactor. Figure 6 presents the effect of the
flowing mode on �pH2

high � �pH2

low, which is defined as the
driving force of the hydrogen permeation. From z 0.2, the
driving force of hydrogen permeation in a co-current mode
decreases along the reactor length, whereas the counter-current
mode has a relatively flat driving force along the reactor length.
The average driving force of the counter-current mode is larger
than that of the co-current mode. Although the operating tem-
perature of the membrane is a bit lower in a counter-current
mode than in a co-current mode, due to a larger average driving
force for hydrogen permeation, for a given inlet rate of sweep-
ing gas, the H2-membrane ATR reactor in a counter-current
mode separates more hydrogen than it does in a co-current
mode, as shown in Figure 7.

For getting the same production rate of hydrogen separated,
the counter-current mode needs less steam as the sweeping gas,
for example, 3.6 mol/s in a counter-current mode compared to
10.0 mol/s in co-current mode, as presented in Figure 8.

Table 1. The Models for the H2-Membrane ATR Reactor

Reaction side
Gas phase continuity equation

dFi

dz
� ar�1 � �B��s

ART �
k�1

NR

��k�ikRk� � aH2Ni
H2

N4
H2 � NH2

; Ni
H2 � 0, i � 4

Gas phase energy equation
dTr

ART

dz
�

1

¥i�1
6 FiCPI

� �ar�s
ART(1 � �B) �

k�1

NR

(��Hk�kRK) � q � aH2NH2�HH2�
q �

aH2km

�sp
�Tr

ART � TnrH2

ART �

Solid phase equations for calculating the effectiveness factors

1

	2

d

d	 �De,i	
2

dps,i

d	 �� 10�5RT�s
ARTrs

2 �
k�1

NR

�
i,kRs,k�

a


De,i

rs

dps,i

d	
�

	�1

� 10�5RT �
k

NB

��k�ikRk�

Solid phase boundary conditions

	 � 0,
dps,i

d	
� 0

Gas phase boundary conditions
z � 0, Fi � Fi�z�0, T � Tin

Non-reaction side
Continuity equation
dGH2

dz
� aH2NH2

Energy equation
dTnrH2

ART

dz
�

1

¥j GjCpj

	q � aH2NH2�HH2


Table 2. Reaction Rate for the Reactions in the H2-Membrane ATR Reactor

Reactions Kinetics of Reaction

1. CH4 � 2O2 N 2CO2 � 2H2O R1 �
k1,axCH4xO2

�1 � KCH4

0 xCH4 � KO2

0 xO2�
2 �

k1,bxCH4xO2

1/2

�1 � KCH4

0 xCH4 � KO2

0 xO2�

2. CH4 � H2O N CO � 3H2 R2 �
�k2/pH2

2.5��pCH4pH2O � pH2

3 pCO/Keq2�

DEN2

3. CO � H2O N CO2 � H2 R3 �
�k3/pH2��pCOpH2O � pH2pCO2/Keq3�

DEN2

4. CH4 � 2H2O N CO2 � 4H2
R4 �

�k4/pH2

3.5��pCH4pH2O
2 � pH2

4 pCO2/Keq4�

DEN2

Note: DEN � 1 � KCOpCO � KH2
pH2

� KCH4
pCH4

� KH2OpH2O/pH2

Table 3. Parameter Values for the Expression kk �
kk

0exp(�Ea,k/RT)

Reaction kk
0 [mol/(kgcal � s)] Ea,k [J/mol]

1. k1,a, k1,b 3.14 � 10�4, 2.64 � 10�4 —
2. k2 1.17 � 1015 bar0.5 240.1 � 103

3. k3 5.43 � 105 bar�1 67.13 � 103

4. k4 2.83 � 1014 bar0.5 243.9 � 103

AIChE Journal June 2006 Vol. 52, No. 6 Published on behalf of the AIChE DOI 10.1002/aic 2263



The above results indicate that the counter-current mode has
advantages over the co-current mode. So, in the following
sections, the counter-current mode is chosen as the flowing
mode of the sweeping gas.

Effect of the inlet rate of CH4 to the reactor

Figure 9 shows the axial temperature profiles of the reaction
side and the permeate side of the H2-membrane ATR reactor at
different inlet rates of CH4 to the reactor. The average
temperature of the reaction side and the permeate side of the
inlet rate of CH4 at 1.4 mol/s is higher than that of the inlet
rate of CH4 at 0.8 mol/s. From z 0.2 until the end of the
reactor, in the reaction side, the molar flow rate of H2 for the
inlet rate of CH4 at 1.4 mol/s is higher than that of the inlet
rate of CH4 at 0.8 mol/s, as shown in Figure 10. Because
there is more H2 in the reaction side, the average driving
force of H2 permeation at the inlet rate of CH4 of 1.4 mol/s
is larger than that at the inlet rate of CH4 of 0.8 mol/s, as
illustrated in Figure 11. Due to the higher average temper-
ature and the larger driving force of H2 permeation, the
production rate of separated H2 increases with the inlet rate
of CH4 to the reactor; see Figure 12.

However, the fraction of hydrogen recovered (defined as the
ratio of separated H2 to the total useful products of CO and H2)
and the CH4 conversion decrease as the inlet rate of CH4 to the
reactor increases, as illustrated in Figures 13 and 14, respec-
tively. As the inlet rate of CH4 to the reactor increases, because
of the lower fraction of hydrogen recovered and the lower CH4

conversion, the amount of remaining fuel in the rejected gas
from the reactor increases, and the extra methane input into the
furnace decreases.

The relationship between the production rate of separated H2

per overall CH4 (including the CH4 to the reactor and the extra
CH4 fed into the furnace) and the inlet rate of CH4 to the
reactor is shown in Figure 15. For the sweeping gas at 10 mol/s,

the production rate of separated H2 per overall CH4 gets the
highest value when the inlet rate of CH4 to the reactor is at 0.95
mol/s.

The above results can be reflected in the thermodynamic
efficiency of the process. As shown in Figure 16, for the
sweeping gas at 10 mol/s, the thermodynamic efficiency peaks
at the inlet rate of CH4 to the reactor of 0.95 mol/s. From the
results shown in Figures 15 and 16, the inlet rate of CH4 to the
reactor of 0.95 mol/s is suggested as the appropriate one for the
sweeping gas at 10 mol/s.

Effect of the inlet ratio CH4/H2O to the reactor

More steam in the feed promotes the water-gas-shift re-
action, so the H2 molar flow rate in the gas mixture with an
inlet ratio of CH4/H2O of 1/4 is higher than that with the
ratio of 1/1.5 from z 0.23 m, as shown in Figure 17.
However, more inlet steam leads to a lower partial pressure
of the H2 in the reaction side, so the average driving force of
hydrogen permeation at a higher inlet ratio of CH4 to steam
is larger than that at a lower inlet ratio of CH4 to steam,
where the H2 membrane is applied (z 0.2m), as shown in
Figure 18. The effect of inlet ratio CH4/H2O to the reactor
on the axial temperature profiles of the reaction side and the
permeate side are indicated in Figure 19. There is no sig-
nificant difference in the average temperature of the reaction
side and the permeate side for different inlet ratio CH4/H2O
from z 0.2 m.

Mainly due to the increasing of the driving force of hydrogen
permeation, the production rate of separated H2 increases with
the inlet ratio CH4/H2O, as shown in Figure 20. The same trend
can be observed for the overall exergy efficiency of the pro-

Table 4. Parameter Values for the Expression Ki �
Ki

0exp(��Hads,i/RT)

Adsorption Coefficient Ki
0 �Hads,i [kJ/mol]

KCH4
0 6.67 � 10�2 —

KO2
0 4.34 � 10�5 —

KCH4
6.65 � 10�4 bar�1 �38.28

KCO 8.23 � 10�5 bar�1 �70.65
KH2

6.12 � 10�9 bar�1 �82.90
KH2O 1.77 � 105 88.68

Table 5. Parameters for Describing the H2-Membrane ATR Reactor

Tube inside radius r1 [m] 0.01
Tube outside radius r2 [m] 0.015
Inner radius of the shell r3 [m] 0.025
Reactor length L [m] 0.65
Inlet temperature of reactants and sweeping gas [K] 800
Inlet pressure at shell side � 2
Inlet pressure at tube side � 1
Membrane thickness � [�m] 5
Averaged thermal conductivity of membrane tube km [J � m�1 � s�1 � K�1] 0.15
Number of membrane tubes ntube 100
Catalyst capacity
Void fraction of packing �b 0.43
Radius of catalyst particle for membrane ATR rs [m] 2.5 � 10�3

Catalyst density �s [kg � m�3] 2100

Figure 3. H2-membrane configuration.
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cess; the process gets a higher thermodynamic efficiency at a
higher inlet ratio CH4/H2O—see Figure 21. However, it is not
necessary to increase the ratio CH4/H2O higher than 1/1.5, as
the production rate of separated H2 and the thermodynamic
efficiency increased little after that.

Effect of the sweeping gas

Figures 22, 23, and 24 illustrate the production rate of
separated H2, the fraction of H2 recovered, and CH4 conversion
as a function of the inlet rate of CH4 to the reactor, respec-
tively. A higher rate of sweeping gas can promote more CH4

converted and more H2 recovered, resulting in a higher pro-
duction rate of separated H2.

However, the above results do not mean that the increasing
of the rate of sweeping gas is always necessary. For a certain

inlet rate of CH4, there is a rate of sweeping gas that is just
sufficient to separate the produced hydrogen maximally; fur-
ther increase of the rate of sweeping gas will result in a
negligible increase in the production rate of H2 separated. This
rate is defined as the appropriate rate of sweeping gas. For
different inlet rates of CH4, the appropriate rates of sweeping
gas have been found as shown in Figure 25. Correspondingly,
Figure 26 shows the production rates of separated H2 at the
appropriate rates of sweeping gas for different inlet rates of
CH4.

Figure 4. (a)The effectiveness factors vs. the reactor’s
axial coordinate; (b) the molar fractions of dif-
ferent species vs. the reactor’s axial coordi-
nate.
The sweeping gas flows in a co-current mode. The inlet rate of
CH4 to the reactor is 0.95 mol/s. The inlet ratio CH4/H2O/
O2 � 1/1.5/0.4.

Figure 5. The reactor’s temperature profiles of the gas
mixture in the reaction side and permeate side,
when the sweeping gas flows in a co-current
mode and in a counter-current mode, respec-
tively.
The inlet rate of CH4 to the reactor is 0.95 mol/s. The inlet
ratio CH4/H2O/O2 � 1/1.5/0.4.

Figure 6. The driving force of H2 permeation along the
reactor’s axial coordinate, when the sweeping
gas flows in a co-current mode and in a
counter-current mode, respectively.
The inlet rate of CH4 to the reactor is 0.95 mol/s. The inlet
ratio CH4/H2O/O2 � 1/1.5/0.4.
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Conclusions

For the H2-membrane ATR reactor with constrained geom-
etry and the relevant process for pure hydrogen production,
based on rigorous simulations, the factors affecting the produc-
tion rate of separated H2 and the thermodynamic efficiency
have been studied systematically.

To get the same production rate of separated H2, the H2-
membrane reactor requires less sweeping gas flowing in a
counter-current mode. If the same rate of sweeping gas is used,
the H2 membrane can separate more H2 in a counter-current
mode than in a co-current mode. So, the counter-current mode
is suggested as the flowing mode of the sweeping gas.

By considering the effect of the inlet rate of CH4 on the
production rate of separated H2, on the fraction of H2 recov-

ered, on the methane conversion, on the production rate of
separated H2 per overall CH4, and on the thermodynamic
efficiency, an appropriate inlet rate of CH4 can be found. The
production rate of separated H2 per overall CH4 and the ther-
modynamic efficiency of the process peak at the appropriate
inlet rate of CH4.

The production rate of separated H2 and thermodynamic
efficiency increase with the increase of the inlet ratio CH4/
H2O. However, it is not necessary to increase the ratio
CH4/H2O higher than 1/1.5, as the production rate of sepa-
rated H2 and the thermodynamic efficiency increased little
after that.

By considering the effect of the rate of sweeping gas on
the production rate of separated H2, on the fraction of H2

recovered, and on the CH4 conversion, corresponding to an
inlet rate of CH4, the appropriate rate of sweeping gas can be

Figure 7. The molar flow rate of separated H2 along the
reactor’s axial coordinate, when the sweeping
gas flows in a co-current mode and in a
counter-current mode, respectively.
The inlet rate of CH4 to the reactor is 0.95 mol/s. The inlet
ratio CH4/H2O/O2 � 1/1.5/0.4.

Figure 8. Molar flow rate of separated H2 along the re-
actor’s axial coordinate.
The molar flow rates of sweeping gas are 10 mol/s in a
co-current mode and 3.6 mol/s in a counter-current mode,
respectively. The inlet rate of CH4 to the reactor is 0.95 mol/s.
The inlet ratio CH4/H2O/O2 � 1/1.5/0.4.

Figure 9. The temperature profile of the gas mixture for
different inlet rates of CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 10. The molar flow rate of H2 in the reaction side
of the H2-membrane reactor along the reac-
tor’s axial coordinate at different inlet rates of
CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.
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Figure 11. The driving force of H2 permeation along the
reactor’s axial coordinate at different inlet
rates of CH4 to the reactor.
The sweeping gas flows at 10mol/s in a counter-current
mode.

Figure 12. The production rate of separated H2 vs. the
inlet rate of CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 13. The fraction of H2 recovered vs. the inlet rate
of CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 14. The CH4 conversion at different inlet rates of
CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 15. Production rate of separated H2 per overall
CH4 vs. the inlet rate of CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current mode.

Figure 16. The overall exergy efficiency of the integrated
process vs. the inlet rate of CH4 to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current mode.
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Figure 17. H2 molar rate in the gas mixture at different
inlet ratios of CH4/H2O to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current mode.

Figure 18. The driving force of H2 permeation at differ-
ent inlet CH4/H2O ratios to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 19. The axial temperature profiles at different in-
let ratios of CH4/H2O to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode. Inlet ratio of CH4/O2 � 1.0/0.4.

Figure 20. The production rate of separated H2 vs. the
inlet ratio of CH4/H2O to the reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 21. The overall exergy efficiency of the integrated
process vs. the inlet ratio of CH4/H2O to the
reactor.
The sweeping gas flows at 10 mol/s in a counter-current
mode.

Figure 22. The production rate of separated H2 at differ-
ent inlet rates of sweeping gas as a function
of inlet rate of CH4 to the reactor.
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found, at which the sweeping gas is just sufficient for the H2

membrane to separate the hydrogen maximally.
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Notation

aH2
� cross section area of reactor, m2

H2 � membrane area per unit reactor length, m2/m
av � area of particle per unit mass of catalyst, m2/kg

Cp,i � heat capacity of species i [J/(mol k)]
Cp,j � heat capacity of species j [J/(mol k)]
De,j � effective diffusion coefficient of species i in catalyst pellet

[m2/s]
EA � apparent activation energy of H2 membrane, J/mol

Ea,k � activation energy of reaction k, J/mol
Ex � exergy flow rate, J/s
Fi � molar flow rate of i, mol/s

FextraCH4 � molar flow rate of extra methane to the catalytic burner, mol/s
Fl � molar flow rate of combustible component l in the rejected

gas, mol/s
GH2

� molar flow rate of H2 in the non-reaction side, mol/s
Gj � molar flow rate of component j in the non-reaction side, mol/s

Keq � equilibrium constant
Ki � adsorption constant of species i
Ki

0 � pre-exponential factor for adsorption parameters
ke � thermal conductivity of catalyst bed, J/(m s K)
kk � reaction rate constant of reaction k

Kk
0 � pre-exponential factor for reaction rate, mol/(kgcal s)

km � averaged thermal conductivity of the membranes, J/(m s K)
ksp � thermal conductivity of membrane support layer, J/(m s K)

L � reactor length, m
NH2

� H2 permeation rate through the H2 membrane, mol/(m2 s)

Ni
H2 � component i permeation rate through the H2 membrane, mol/

(m2 s)
NR � number of reactions

ntube � number of membrane tubes
Pm � pre-exponential factor of the H2 membrane, mol m/(s m2

bar0.5)
P0 � pressure of the environment, 101.325kPa

Ps,i � partial pressure of species i in catalyst particle, bar
Pi � partial pressure of species i in the gas phase, bar

Figure 23. The fraction of H2 recovered at different inlet
rates of sweeping gas as a function of the
inlet rate of CH4 to the reactor.

Figure 24. The methane conversion at different rates of
sweeping gas as a function of the inlet rate of
CH4 to the reactor.

Figure 25. The appropriate inlet rate of sweeping gas as
a function of the inlet rate of CH4 to the reac-
tor.

Figure 26. The production rate of H2 separated corre-
sponding to the appropriate inlet rate of
sweeping gas as a function of the inlet rate of
CH4 to the reactor.
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pH2

high � partial pressure of H2 in the reaction side, bar

pH2

low � partial pressure of H2 in the non-reaction side, bar
Pin � inlet pressure of the H2-membrane ATR reactor, bar

q � the heat flux between the reaction side and the non-reaction
side, J/(s m)

R � gas constant, J/(mol K)
Rk � rate of reaction k in the main stream of the H2-membrane

ATR reactor, calculated with pi, mol/(kgcat s)
rs � equivalent radius of the catalyst particle, m

Rs,k � rate of reaction k inside the catalyst particle, calculated with
Ps,i, mol/(kgcat s)

r1 � tube inside radius, m
r2 � tube outside radius, m
r3 � inner radius of the shell, m
T � absolute temperature, K

Tfg � temperature of rejected gas, K
T� � average temperature of the membranes, K

T0 � temperature of the environment, 298.15K
Wcp � work used for compression, J/s

xi � molar fraction of species i
z � axial coordinate of the reactors, m

Greek letters

� � void fraction of packing
�H2

� the thickness of the membrane layer, m
�sp � the thickness of the support layer, m
�cp � the exergy efficiency of the compressor
�Ex � overall exergy efficiency
�k � effectiveness factor of reaction k
vik � stoichiometric coefficient of component i of reaction k
�s � density of catalyst, kg/m3


 � dimensionless pellet coordinate
�Hads,i � standard adsorption enthalpy of component i, kJ/mol

�HH2
� the heat transferred by permeating H2 from the reaction side to

the non-reaction side, J/mol
�Hheating � the heat required for heating the reactants, J/s

�Hk � the heat of reaction k, J/mol
�Ht

com � the combustion heat of component l, J/mol
�H�Tts

T0 � the heat of rejected gas from Tfg to T0, J/s
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